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A practical countercurrent fluid catalytic cracking (FCC) regenerator model with improved descriptions of gas and solid
flow patterns is proposed. A three-zone and two-phase gas model was utilized to describe the gas flow through the
regenerator, addressing the different phase mass-transfer properties in the different zones. A new two-continuously stirred-
tank reactor-with-interchange model was used to describe the solid flow and to address the effect of freeboard on catalyst
regeneration. Otherwise, this model also considered the usually adopted expanding section for reducing solid carryover.
The model was programmed in Matlab language with coupled hydrodynamics and reaction kinetics models and tested and
validated by the data from an industrial FCC regenerator operated under both partial and full CO combustion modes. After
fitting a single model parameter, the interchange solid flux between the dense bed and freeboard, the model predictions
were in reasonable agreement with the commercial data for both modes. VVC 2011 American Institute of Chemical Engineers
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Introduction

A fluid catalytic cracking (FCC) unit is usually the work-
horse of a modern petroleum refinery, which, aided by
highly selective zeolite catalysts, cracks large-molecule low-
value heavy oil feedstock into small-molecule high-value
products, e.g., gasoline, diesel oil, and liquefied petroleum
gas. For example, about 80 wt % gasoline, about 30 wt %
diesel oil, and about 30 wt % propylene in China’s market
are produced by FCC process,1 demonstrating its predomi-
nant role in petroleum refining industry. Reactor and regen-
erator are two indispensable parts of a typical FCC unit. A
FCC reactor usually has a riser, a disengaging reactor, and a
spent catalyst stripper, which is the place for desired cata-
lytic cracking reactions. A regenerator is another indispensa-
ble part of a FCC unit, which burns the coke deposited on
the spent catalyst and recovers its cracking activity. Mostly,
a regenerator contains a single or multiple low-velocity fluid-
ized beds operated under bubbling and turbulent regimes.
However, there are some other types of fluidization regime
utilized in FCC regenerators. For example, the UOP combus-
tor-style FCC unit uses a fast bed to carry out the major
duty of burning coke.2

Because of the widely used coke-sensitive zeolite catalyst
in modern FCC units, a regenerator demands very low levels
of carbon content in the regenerated catalyst (CCr) usually in

the range of 0.05–0.1 wt % of catalyst weight. The carbon
content in the spent catalyst is in the range of 1.0–1.5 wt %
of catalyst weight. Therefore, as a solid-phase reactant, coke
demands high conversion in a FCC regenerator. Furthermore,
in view of the energy consumption and protection of catalyst
activity in high-temperature steam atmosphere, a regenerator
also requires minimized air consumption (usually oxygen
content in the flue gas less than 3% in volume) and maxi-
mized coke burning intensity (CBI), which is usually defined
as weight of coke burned for a given catalyst inventory in a
given period, i.e.

CBI ¼ weight of coke burned ðkgÞ
time ðhÞ � catalyst inventory ðtonÞ (1)

A higher CBI means a lower catalyst inventory and a
shorter catalyst residence time in a regenerator, which means
a lower rate of catalyst hydrothermal deactivation and a
lower makeup rate for the fresh catalyst. It can thus be sum-
marized that a high-efficiency regenerator is a noncatalytic
gas–solid heterogeneous fluidized reactor with high demands
for both gas and solid conversions.

Because of regenerator’s self-explanatory importance for a
FCC unit, modeling on catalyst regeneration process
attracted a lot of attention from both academic researchers
and industrial engineers. A practical regenerator model based
on sound understanding of its intrinsic hydrodynamics, mix-
ing, and reaction kinetics is undoubtedly helpful for optimiz-
ing the design and operation of FCC regenerators.
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Despite various regenerators utilized in commercial FCC
units, most of them, whether single-stage or two-stage regen-
erators, have at least a dense fluidized bed to maintain pres-
sure balance and smooth particle circulation. This dense bed
is usually operated at a superficial gas velocity range of 0.8–
1.2 m/s, corresponding to a turbulent flow regime. Ford
et al.3 made the first attempt to model such a dense-bed re-
generator with a one-phase pseudo-homogeneous model.
This model omits the two-phase nature of the dense fluidized
beds and the effect of freeboard. Therefore, it is too simple
for precise modeling. The errors between modeled and meas-
ured oxygen contents in industrial regenerators were very
large (in the range of �70% to 36%). De Lasa and co-
workers4-6 used a simple Orcutt model7 to describe the gas
flow and a continuously stirred-tank reactor (CSTR) model
to describe the solid flow in the dense bed. Despite simple,
their work represented the earliest attempts to use two-phase
fluidized-bed models in FCC regenerators. They had exam-
ined the effects of various modeling assumptions on the de-
velopment of industrial FCC regenerator models. Later, in
similar manners, Faltsi-Saravelou et al.,8 Filho et al.,9 and
Lu10 modeled the FCC regenerators with different simplifica-
tions in the reaction kinetics or hydrodynamics. In these
models, the grid zone (the region with a short distance above
the distributor) was usually treated differently from the
above bubbling zone for its much larger interphase mass-
transfer rate. The study of Behie and Kehoe11 showed that
the interphase transfer rate can be 40–60 times higher than
the bubbling zone. Therefore, distinguishing the grid and
bubbling zone in the dense bed of a regenerator model is
very necessary.

With bubbling and jet zones considered differently due to
their large difference in interphase mass-transfer rate, the
Orcutt-type regenerator model can be depicted schematically
as Figure 1. Here, emulsion gas in both jet and bubbling
zones is assumed to be in complete mixing, so gas reactant
concentration in all emulsion regions of the dense bed is the
same. In other words, although interphase mass-transfer rate
in grid zone is far greater than in bubbling zone, reactant
transferred from jet phase to the emulsion in the grid zone is
still dispersed immediately into the remaining emulsion

phase of the bubbling zone, maintaining a same reactant con-
centration. Therefore, if a same carbon content is assumed,
the actual reaction rate in grid zone is the same as in bub-
bling zone. However, this is not consistent with experimental
facts as found by Chavarie and Grace,12 who found in their
experiments that clear axial gradients of emulsion gas reac-
tant concentration and reaction rate existed in the dense bed.

Guigon et al.13 and Lee et al.14 developed simple Kunii–
Levenspiel15 type models for FCC regenerators of various
designs, where the gas reactant concentrations in the emul-
sion phase are proportional to those in the bubble phase, giv-
ing better agreement with the experimental facts. However,
they did not consider the different rates of interphase mass
transfer and reaction in the grid zone and freeboard, making
their modeling results in question.

The efforts have also been made by McFarlane et al.,16

Han and Chung,17,18 Elnashaie et al.,19 and Fernandes
et al.20 to model a whole FCC unit in dynamic- or steady-
state modes. Different types of regenerator models were
included in these models. However, these regenerator models
were usually much simpler and just embedded in these com-
plex FCC models, so their predicted results cannot be
expected to be very agreeable with industrial data.

With the development of computational flow dynamics
(CFD), attempts have been made to model the complex
hydrodynamics and reactions in FCC regenerators, such as
those of Schwarz and Lee21 and Cao et al.22 However, such
fluidized-bed CFD models of Geldart Group A are very sen-
sitive to mesh size.23 The simulations of a large-dimensional
industrial FCC regenerator with enough fine meshes are usu-
ally beyond the power of most current computers in the
world. On the other hand, most current multiphase CFD
codes are still under development and not fully mature yet.
Grace and Taghipour24 had pointed that all the current fluid-
ized-bed CFD codes in the literature were in fact not fully
verified or validated because of limited comparison between
modeled and experimental results. Therefore, these models
are at most valuable attempts and cannot be practical for
guiding industrial design and operation.

Except for the need to consider the different mass-transfer
rates in the grid zone, the role of freeboard in coke burning
should be addressed in modeling a dense-bed regenerator. In
a highly turbulent FCC regenerator, particles are frequently
entrained into the freeboard due to vigorous movement of
voids in the dense bed, resulting in a considerable solid frac-
tion in the freeboard. According to Chen’s estimations,25 the
solid inventory in the freeboard of an industrial FCC regen-
erator could be 20–35% of its total solid inventory. More-
over, the freeboard hydrodynamic characteristics are greatly
different from that in the dense bed. Therefore, the effect of
the freeboard on catalyst regeneration must not be neglected.
De Lasa and Grace4 proposed a model based on particle tra-
jectories to calculate the coke burning in the freeboard,
which assumed negligible mass-transfer resistance. In their
model, rising and descending particles of different residence
times and carbon contents were assumed, making this model
too complex to be used in engineering practice. Lu10 mod-
eled the FCC regenerator freeboard by a multiple-CSTR-in-
series model, with the number of CSTRs as an adjustable pa-
rameter. However, the modeled results of this model showed
an overestimated temperature increase in the freeboard,
greatly deviating from the measured data in industrial units
and demonstrating a large discrepancy with the real solid
flow patterns.

Figure 1. Schematic of the Orcutt model.7

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]
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In summary, previous FCC regenerator models either used
the Orcutt-type gas model with disagreeable axial emulsion
gas concentration gradients with experimental facts, or did
not fully consider the three zones (i.e., grid zone, bubbling
zone, and freeboard) with different characteristics of mass
transfer or hydrodynamic features, or too simple or complex
to give practical guidance to industrial design and operation.
The objective of this study is to establish a modified model
for a countercurrent low-velocity regenerator widely used in
FCC units. This model uses modified hydrodynamic models
to provide better descriptions of gas and solid flows in both
dense bed and freeboard. However, its structure still remains
simple enough to make it a practical engineering tool. This
model is designed as an operation-optimization tool. It needs
the industrial data of a specific regenerator to determine its
model parameters, but it can generate more detailed informa-
tion of its performance, inner hydrodynamics and reactions
than in situ measurements. In addition, it is capable of pre-
dicting the change of regeneration performance when operat-
ing variables change within a certain range of their previous
operating points, thus guiding operators to reach optimized
operating conditions.

Model Scheme

A countercurrent regenerator is usually a preferred choice
in FCC units. In these regenerators, catalysts are injected
near the dense bed surface, usually by a specially designed
spent catalyst distributor, and withdrawn from the bottom of
the dense bed. Therefore, catalysts flow from top to bottom,
countercurrent contacting oxidizing gas (usually air) flowing
from bottom to top. In countercurrent regenerators, lower-
carbon-content catalysts contact with higher-oxygen-concen-
tration air, whereas higher-carbon-content catalysts contact
with lower-oxygen-concentration air, thus providing reason-

ably uniform carbon combustion rates and relatively high
coke burning intensities throughout the bed.

As gas and solid (coke deposited in catalyst) are both
involved in the reactions of catalyst regeneration, a FCC re-
generator model needs to consider both gas and solid flow
patterns. Figure 2 shows schematically the gas and solid
flow patterns used in the current regenerator model. For gas
flow in the dense bed, as shown in Figure 2a, a simple
‘‘two-phase bubbling bed model’’ proposed by Chavarie and
Grace12 is used. This model is a two-phase simplification of
the three-phase Kunii and Levenspiel15 model, which, as
described previously, can provide better agreement with
experiment data than the Orcutt model.7 In this model, no
gas flow exists in the emulsion phase due to the very small
minimum fluidization velocity of FCC powders. Instead, gas
in the emulsion phase is ‘‘stagnant.’’ That is to say, gas reac-
tants needed in reactions of emulsion phase can only be pro-
vided by interphase mass transfer. There is also no axial gas
dispersion in the emulsion phase. For an irreversible first-
order reaction A!B with no volume change, mole balances
on A in the bubble and emulsion phases yield, respectively

u0

dCAb

dz
þ kbeabdb CAb � CAeð Þ þ krfsbCAb ¼ 0 (2)

and

kbeabdb CAe � CAbð Þ ¼ krfseCAe (3)

Along the height of the dense bed, the grid and bubbling
zones have different mass-transfer rates, denoted by the sym-
bols kj and Kbe in Figure 2a for the different interphase
mass-transfer coefficients, respectively. In the grid zone, the
dilute phase is composed of jets. The interphase mass-trans-
fer rate could be much higher than in the bubbling zone, as
much as 40–60 times higher according to the study of Behie

Figure 2. Gas and solid flow patterns in the countercurrent FCC regenerator model.

(a) Assumed gas flow pattern and (b) assumed solid flow pattern.
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and Kehoe.11 In the freeboard, the gas phase becomes a con-
tinuous phase, so the interphase mass-transfer resistance is
negligible here. Reaction kinetics is then considered as the
controlling factor. All gas flows in the three zones are
assumed as plug flows without backmixing.

In industrial FCC regenerators, the axial solid dispersion
coefficient in the dense bed was estimated to be about 1 m2/s by
van Deemter.25 If the solid flow pattern is modeled by a tank-
in-series model, its number of CSTR can be estimated by26

1

N
¼ 2

Pes

� 2

Pe2
s

1 � exp �Pesð Þð Þ (4)

where Pes is the solid Peclet Number, i.e.

Pes ¼
usHf

Da;s
: (5)

According to industrial data for superficial solid velocity
us and bed height Hf, the estimated CSTR number N for a
typical industrial dense-bed regenerator is very close to
unity, so it is reasonable to model the dense bed as a CSTR
as far as the solid flow is concerned.

Solids in freeboard originate mainly from particle entrain-
ment due to bubble eruptions, i.e., from particles in the roofs
and wakes of bubbles.27 Solid concentration in freeboard
decreases exponentially with increasing distance from the
bed surface, demonstrating that the zone close to the bed
surface, i.e., the so-called splash zone, contains the dominant
fraction of solid inventory of the freeboard. Moreover, most
particles rise and fall within a small height above the bed
surface. Hence, there is a large solid exchange rate between
the dense bed and the freeboard. For this reason, the multi-
ple-CSTRs-in-series model used by Lu10 underestimated the
strong solid backmixing from freeboard to dense bed. More-
over, the strong turbulence induced by bubble eruptions,
especially in the splash zone, can contribute to vigorous
solid mixing. Based on the above analysis, the solid flow
pattern is modeled in this model as two CSTRs with inter-
change.26 Here, the dense bed and the freeboard are modeled
as two CSTR reactors, respectively, as shown in Figure 2b.
The function of the freeboard is to provide particles with
additional time to burn coke with negligible interphase
mass-transfer resistance. The periods spent by particles in
the freeboard may vary from almost zero to a very long
time, which is very similar to the residence time distribution
in a typical CSTR reactor. Particles spent the longest period
in the freeboard are those captured by cyclones and returned
back to the dense bed by cyclone diplegs.

Other simplifications are used to facilitate the modeling.
First, as showed in Figure 3, the hydrogen content of the
coke is assumed to combust instantly at the bed surface.
This results in an increase of gas flow rate by uH2OAt1

because every mole of oxygen consumed produces 2 mol of
water for the combustion of solid hydrogen component, as
seen by the reaction equation: 4HðsÞ þ O2ðgÞ ! 2H2OðgÞ.
Otherwise, because of hydrogen combustion, a heat is input-
ted to the dense bed at z ¼ Hf as shown in Figure 3. In a
countercurrent regenerator, spent catalyst is usually chosen
to be sprayed into the dense bed near the bed surface by a
spent catalyst distributor. The small mass-transfer resistance
in the freeboard and the higher combustion rate of hydro-
gen28 make the hydrogen in coke burn off very quickly.
Although simple, this assumption is reasonable at least for

countercurrent regenerators. Second, the structure of a typi-
cal FCC regenerator with an expanded freeboard is simpli-
fied as showed in Figure 3. The bottom bed section is
always assumed to have the same height as the dense bed,
Hf, whereas the expanded top section is assumed to be a cyl-
inder of diameter dt2 and height Ht � Hf.

Except for the above simplifications, some other parame-
ters in this model are also estimated based on existing indus-
trial data, as introduced in the later sections. Because of this,
the model can only be used to optimize the operation of
existing FCC units. If used in newly designed units, there
will be large errors in the modeled results.

Model Setup

Kinetics model

Because of the simplification for hydrogen combustion,
only carbon combustion needs to be considered in this
model. Carbon combustion can be described by

C þ 2bþ 1

2 bþ 1ð ÞO2 ! b
bþ 1

� �
CO2 þ

1

bþ 1

� �
CO (6)

where b is the ratio of CO2 to CO. The carbon combustion rate
is estimated by

kC ¼ kC0 exp � EC

RT

� �
(7)

Although a number of studies29-32 have been conducted
on the ratio of CO2 to CO, it still remains difficult to esti-
mate this ratio accurately. It is a function of a number of
influencing factors such as catalyst type, feedstock, tempera-
ture, contents of oxygen in air, and CO promoters in cata-
lyst. In this model, a simple method is used to determine the
ratio of CO2 to CO for each FCC unit, i.e.

Figure 3. Simplified geometry model of a countercur-
rent FCC regenerator.
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b ¼ yf;CO2

yf;CO

(8)

where yf,CO2
and yf,CO are the measured concentrations of CO2

and CO in flue gas of an industrial regenerator under
modeling. With this simplification, the actual combustion of
CO, both homogeneously and heterogeneously, is greatly
simplified.

Hydrodynamics model

Grid Zone. Two parameters are needed to model the
hydrodynamics in the grid zone: jet length and jet diameter.
In this model, jet length and jet diameter are both estimated
by Lu’s correlations10

Lj ¼ 141:85dorð
qpdp

qgdor

Þ0:273ð
qguordor

lg

Þ�0:654ð u
2
or

gdor

Þ0:408
(9)

Dj ¼ 0:388dorð
u2

or

gdor

Þ0:332
(10)

These two equations were correlated from experimental
data in a large-scale (0.8 m I.D.) fluidized bed of FCC par-
ticles with a same type of sparger distributor as in industrial
FCC units. The predicted jet length is taken as the height of
the grid zone.

Bubbling Zone. The most important hydrodynamic pa-
rameter in the bubbling zone is the average bed density.
Because of the large number of influencing factor involved,
it is still difficult to date to find a generally applicable corre-
lation. Here, a method based on the existing measured indus-
trial data was proposed to estimate the bed density

qB¼qB;exp þ
@qB

@u1

u1 � u1eð Þ (11)

where qB,exp and u1e are the measured bed density and its
corresponding operating gas velocity in a FCC regenerator,

@qB

@u1

is the derivative of the bed density with respect to
the superficial gas velocity, derived from the correlation of
Cai et al.33

eB ¼ G
Ly

Ar

� �n

(12)

where Ar ¼ d3
pqg qs � qg

� �
g=l2

g is the Archimedes number,

Ly ¼ u3
0q

2
g

.
qp � qg

� �
lgg is the Lysenko Number, n ¼

0.0653, and G ¼ 0:796 þ 8:94�10�3

dt
. Its derivative gives

@qB

@u1

¼
@ qp 1 � eð Þ
� �

@u1

¼ �
3n qp � qB;exp

� �
u1

(13)

As there are usually small changes in operation parameters
in optimizing industrial units, this method is expected to pro-
vide higher accuracies in the modeled results than by exist-
ing correlations. With average bed density known, other pa-
rameters in the bubbling zone, such as average bed voidage,
bubble fraction, and bubble rise velocity, can be easily esti-
mated as follows

eB ¼ 1 � qB

qp

(14)

db ¼ eB � emf

1 � emf

(15)

ub ¼ u1

db

(16)

Dense Bed Height and Freeboard Solid Concentration
Profile. Dense bed height and freeboard solid concentration
profile are estimated by the method proposed by Zhang
et al.34 However, because of the existence of the expanded
top sections in most industrial FCC regenerators, the original
correlations need modification to calculate the corresponding
parameters.

The solid fraction profile in the freeboard is assumed to
follow the same empirical relationship as is represented in a
single-diameter cylinder

fs¼f �s þ f 0
s �f �s

� �
exp �azfð Þ (17)

As a simplification, the saturated solid fraction fs* is esti-
mated by the measured inlet particle concentration in the
first-stage cyclones

f �s ¼ 1 � qin

qp

(18)

Because of the existence of the expanded freeboard sec-
tion, the initial solid fraction f 0

s is modified as

f 0
s ¼ 0:3 u1 � umfð Þ 1 � emfð ÞAt1

At2ub

(19)

with bubble rise velocity ub estimated by Eq. 16.
The exponent coefficient a remains the same as in a sin-

gle-diameter cylinder

a ¼ 0:7

u2

(20)

A solid mass balance in the regenerator yields

qBHfAt1 þ qpAt2

Z Ht�Hf

0

fsdzf ¼ Ms (21)

where the bed height Hf is the only variable and hence can be
calculated. With Hf determined, the solid concentration profile
in the freeboard can thus be calculated. Hence, the solid
inventory in the dense bed is

Md ¼ qBAt1Hf (22)

and the solid inventory in the freeboard is

Mf ¼ Ms �Md (23)

Interphase Mass-Transfer Coefficients. Mass-transfer
coefficient between jet and emulsion is estimated by Lu’s
correlation10 based on the data of Behie and Kehoe11
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kj ¼ 0:48
doruorqg;j

Lj

� �
u2

or

gLj

� ��0:504
Lj

dor

� �0:905 doruorqg;j

ug;j

� �0:068

(24)

Bubble-to-emulsion mass-transfer coefficient is estimated
by the correlation of De Groot35

Kbe ¼ kbeab ¼ u1

0:67H0:5
f d0:25

t1

(25)

With this correlation, there is no need to know the average
bubble size, which is very difficult to estimate, especially in
large-scale industrial fluidized beds. Moreover, this correla-
tion includes the effects of bed height and diameter.

Mass and heat balances

Oxygen Balance in the Dense Bed (h � Hf). The oxygen
concentration in the dense bed of a FCC regenerator is mod-
eled by the ‘‘two-phase bubbling bed model’’ of Chavarie
and Grace.12 For simplification, the solid concentration in
the dilute phases, i.e., bubble/void and jet phases, is assumed
to be zero, and hence no reaction occurs in the dilute phases.
Oxygen concentration can be represented as

� u1

dyb;O2

dz
¼ kjajiAju1

MANj

yb;O2
� ye;O2

� �
(26)

in the jet phase of the grid zone, whereas

kjajiAju1

MANj

yb;O2
� ye;O2

� �
¼ Kdrye;O2

(27)

in the emulsion phase of the grid zone. Here, Kdr is the reaction
constant in the emulsion phase of the dense bed defined as

Kdr ¼
2bþ 1

2 bþ 1ð Þ kCCCd Pt þ qBHfg=2ð ÞqBVmd (28)

where Vmd is the mole volume in the dense bed

Vmd ¼ 22:4
PNTd

PdTN

(29)

In the void phase of the bubbling zone, a mole balance
gives

� u1

dyb;O2

dz
¼ dbKbe yb;O2

� ye;O2

� �
(30)

whereas

dbKbe yb;O2
� ye;O2

� �
¼ Kdrye;O2

(31)

in the emulsion phase of the bubbling zone.
With two mass-transfer constants

Kdj ¼
kjajiAju1

MANj

(32)

Kdb ¼ dbKbe (33)

defined in the grid and bubbling zones, respectively, the
oxygen concentration in the dense bed can be predicted

yb;O2;z¼h ¼ yb;O2;z¼0 exp � KdjKdrh

u1 Kdr þ Kdj

� �
" #

(34)

ye;O2;z¼h ¼
Kdjyb;O2;z¼h

Kdr þ Kdj

(35)

in the grid zone (h � Lj) and

yb;O2;z¼h ¼ yb;O2;z¼Lj
exp � KdrKdb

u1 Kdr þ Kdbð Þ h� Lj

� �� �
(36)

ye;O2;z¼h ¼
Kdbyb;O2;z¼h

Kdr þ Kdb

(37)

in the bubbling zone (Lj � h � Ht).
Oxygen Balance in Freeboard (Hf � h � Ht). In the

freeboard, interphase mass transfer is neglected, with reac-
tion kinetics viewed as the controlling factor, so the oxygen
concentration is given by

� u2

dyO2

dz
¼ 2bþ 1

2 bþ 1ð Þ kCCCfqfPtyO2
Vmf (38)

where qf is the freeboard particle concentration, calculated by
Eq. 17. Equation 38 can be integrated to give

yO2;z¼h ¼ yO2;z¼Hf
exp

	
�Kfrf

�
s h� Hfð Þ
u2

�Kfr f 0
s � f �s

� � 1 � exp aHf � ahð Þ½ �
au2



ð39Þ

where Kfr is the reaction constant defined for the freeboard

Kfr ¼
2bþ 1

2 bþ 1ð Þ kCCCfqpPtVmf (40)

Concentration Profiles of CO2 and CO. With the oxygen
concentration profile known, the concentrations of CO2 and
CO at a given height can be obtained from

yCO2;z¼h ¼
2b

2bþ 1
yO2;z¼0 � yO2;z¼h

� �
(41)

yCO;z¼h ¼
2

2bþ 1
yO2;z¼0 � yO2;z¼h

� �
(42)

Carbon Balance. The carbon balance in the dense bed
can be represented schematically in Figure 4, where rCd rep-
resents the carbon loss rate due to carbon combustion,
expressed by

Fs0 CCs � CCdð Þ
100

¼ Fs;df CCd � CCfð Þ
100

þ 12Ndt yCO2;z¼Hf
þ yCO;z¼Hf

� �
(43)

Here, rCd equals to the right second item of Eq. 43. The
carbon balance in the freeboard, as shown in Figure 5, can
be expressed by
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Fs;df CCd � CCfð Þ
100

¼ 12Nft

�
yCO2;z¼Ht

� yCO2;z¼H
f

� �

þ yCO;z¼Ht
� yCO;z¼H

f

� ��
ð44Þ

Combining Eqs. 43 and 44 yields

CCd ¼ CCs �
1200Nft

Fs0
yCO2;z¼Ht

þ yCO;z¼Ht

� �
(45)

With CCd known, CCf can then be predicted by Eq. 43 as

CCf ¼ CCd �
1200Nft

Fs;df

�
yCO2;z¼Ht

� yCO2;z¼Hþ
f

� �

þ yCO;z¼Ht
� yCO;z¼Hþ

f

� ��
ð46Þ

Heat Balance. The heat balance in the dense bed,
depicted in Figure 6, includes the following terms:

(1) Heat input due to carbon combustion Qdr1

Qdr1 ¼ 12Ndt DHCO2
yCO2;z¼H

f
þ DHCOyCO;z¼H

f

� �
(47)

(2) Heat input due to hydrogen combustion Qdr2

Qdr2 ¼ 0:7DHH2OFs0CHs (48)

(3) Heat input due to particle circulation between the
dense bed and the freeboard, Fs;dfCps Tf � Tdð Þ.

(4) Sensible heat gain by catalyst, Fs0Cps Td � Tsð Þ.
(5) Sensible heat gain by flowing gas,

u1At1qgCpg Td � T0ð Þ.
(6) Coke desorption heat, Qdd, calculated by the following

correlation36

Qdd ¼ 0:057 Qdr1 þ Qdr2ð Þ (49)

(7) Heat loss from the outside shell, Qdl, estimated by the
same method used as in Lu’s model10

Qdl ¼ 3:135pdt1Hf (50)

(8) Heat loss due to removal by catalyst coolers (often
used in resid FCC units to remove the residue regeneration
heat to maintain the heat balance of FCC units), Qdc, which
is an input variable in this model.

The overall heat balance is then

Qdr1 þ Qdr2 þ Fs;dfCps Tf � Tdð Þ ¼ Fs0Cps Td � Tsð Þ
þ u1At1qgCpg Td � T0ð Þ þ Qdd þ Qdl þ Qdc ð51Þ

By defining

QCd ¼ Qdr1 þ Qdr2ð Þ � Qdd þ Qdl þ Qdcð Þ (52)

and

BCd ¼ Fs0Cps þ u1At1qgCpg (53)

Eq. 51 can be simplified as

QCd þ Fs;dfCps Tf � Tdð Þ ¼ BCdTd � Fs0CpsTs � u1At1qgCpgT0

(54)

Similarly, the heat balance in the freeboard, as depicted in
Figure 7, includes the following terms:

(1) Heat input due to carbon combustion Qfr1

Qfr1 ¼ 12Nft

�
DHCO2

yCO2;z¼Ht
� yCO2;z¼H

f

� �

þ12DHCO yCO;z¼Ht
� yCO;z¼H

f

� ��
ð55Þ

(2) Heat input due to hydrogen combustion Qfr2

Qfr2 ¼ 0:3DHH2OFs0CHs (56)

(3) Sensible heat loss due to particle circulation between
the dense bed and the freeboard, Fs;dfCps Tf � Tdð Þ.

(4) Sensible heat gain due to gas flow,
u1At1qgCpg Tf � Tdð Þ.

(5) Coke desorption heat Qfd

Qfd ¼ 0:057 Qfr1 þ Qfr2ð Þ; (57)

(6) Heat loss from outside shell Qfl

Qfl ¼ 3:135pdt2 Ht � Hfð Þ: (58)

The overall heat balance is then

Figure 4. Carbon balance in the dense bed.

Figure 5. Carbon balance in the freeboard.
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Qfr1 þ Qfr2 ¼ Fs;dfCps Tf � Tdð Þ þ u2At2qgCpg Tf � Tdð Þ
þ Qfd þ Qfl ð59Þ

By defining

QCf ¼ Qfr1 þ Qfr2ð Þ � Qfd þ Qflð Þ (60)

and

BCf ¼ Fs;dfCps þ u2At2qgCpg (61)

Eq. 59 can be simplified as

QCf ¼ BCf Tf � Tdð Þ (62)

Substituting Eq. 62 into Eq. 59 gives

Td ¼
QCd þ Fs;dfCps

QCf

BCf
þ Fs0CpsTs þ u1At1qgCpgT0

� �
BCd

(63)

The freeboard temperature can then be calculated from
Eq. 62, giving

Tf ¼ Td þ
QCf

BCf

(64)

Solution Algorithm. All the simplifications regarding to
hydrodynamics, reactions and kinetics, and reactor geometry
as well as their associated effects on modeling are summar-
ized in Table 1.

This model is programmed in Matlab language using a
modularized scheme and solved by an iterative method as
shown in Figure 8. There are seven modules and two itera-
tion loops. To establish a model for optimizing the operation
of a specified FCC regenerator, a calibration procedure is
required to determine the key unit-dependent parameters
based on existing industrial data. After that, basic operating
parameters can be changed to see their effects on the per-
formance of the regenerator and to determine optimized
operating parameters.

The seven main modules in this program are raw data,
data initialization, hydrodynamics, gas component balance,
carbon balance, heat balance, and output. The raw data mod-
ule is used to store the industrial data for a specified FCC re-
generator under modeling. In the data initialization module,
some basic calculations are carried out, such as the calcula-
tion of superficial gas velocities. During the process of deter-
mining unit-dependent parameters, these calculations are
based on the raw data. However, some basic operating data
can be changed during optimizations to see their effects on
the performance of the regenerator. The hydrodynamic pa-
rameters as listed in section ‘‘Mass and Heat Balance" are
then calculated in the hydrodynamics module. After these
data pretreatments, initial values of CCd, CCf, Td, and Tf are
set first. With these initial values, the concentration profiles
of oxygen, CO2, and CO can be determined by the gas
component balance module, and new values of CCd and CCd

Figure 6. Heat balance in the dense bed.

Figure 7. Heat balance in the freeboard. Figure 8. Flow chart of model program.
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are calculated by the carbon balance module. If
CCd0 6¼ CCd1 and CCf0 6¼ CCf1, CCd and CCd are set to other
initial values, and the gas component balance and carbon
balance modules are executed again. With this inner loop,
CCd and CCd are determined. After the determination of CCd

and CCd, new values of Td and Tf are calculated by the heat
balance module. Similarly, with this outside loop, Td and Tf

are determined. Finally, the modeled results are printed by
the output module.

During the modeling, there are some other basic parame-
ters needed. The methods to setting or computing their val-
ues are listed in Table 2.37,38

Model Validation and Discussion

Model validation

Industrial data39 from a FCC unit in Luoyang Petrochemi-
cal Corporation, Sinopec, China were used to validate this
regenerator model. This FCC unit has a coaxial reactor-
regenerator layout, processing 1.4 million tons of atmos-
pheric residue per year. The catalyst used in this unit was a
type of USY zeolite catalyst, whose measured kinetics con-
stants kC0 and EC as expressed in Eq. 7 were 2.967 (Pa�s)�1

and 1.422 � 105 kJ/kmol, respectively.40,41 A single-stage
countercurrent regenerator was used to regenerate the spent
catalyst. This regenerator was first operated in full CO com-
bustion mode with CO promoter used. Later, to increase the
processing capacity and decrease the main air flow rate, the
regenerator was revamped to partial CO combustion mode
with reduced air flow rate and without CO promoter. Here,
the full CO combustion mode refers to a FCC regeneration
process where redundant oxygen is provided, characterized
by high oxygen concentrations in the flue gas, whereas the
partial CO combustion mode refers to a FCC regeneration
process where less amount of oxygen is provided, character-
ized by low oxygen concentration in the flue gas. To keep
appropriate regeneration performance under the partial CO
combustion mode, a spent catalyst distributor was used to
improve the catalyst distribution, and the catalyst inventory
was increased to prolong the reaction time.

The advantage of this model is that only one fitting pa-
rameter, i.e., the interchanging solid flux between the dense
bed and the freeboard, Fs,df, is used. In the process to deter-
mine the unit-dependent parameters, the partial CO combus-
tion mode was first modeled. Fs,df was determined based on
the temperature difference in the dense bed and freeboard in
the industrial unit. With this same value of Fs,df, the full CO
combustion mode was then modeled. The modeled results
for both partial and full CO combustion modes are compared
with industrial data in Table 3. The main modeled hydrody-
namic and performance results are in reasonable agreement

with the industrial data, demonstrating the feasibility of this
model. Moreover, these two regeneration modes are modeled
with the same model parameter, showing the robustness of
this model.

Discussion of model results

Profiles of Main Hydrodynamic and Reaction Parame-
ters. With the current model, the axial profiles of voidage,
temperature, gas components, and carbon content can be pre-
dicted, as shown in Figures 9 and 10 for partial and full CO
combustion modes, respectively. In Figures 9a and 10a, it
can be seen that most of the solid inventory in the freeboard
is concentrated in the zone between the bed surface and � 2
m higher, where solid mixing is vigorous and a large solid
exchange flux exists between the dense bed and the free-
board. Therefore, there are only small temperature increases
in the freeboard, as seen in Figures 9b and 10b.

In Figures 9c and 10c, steep decreases in oxygen concen-
trations are predicted in the bubble phase and steep increases
in steam concentration at the bed surface. This is attributed
to the assumption of instant combustion of hydrogen at the
bed surface. Because of the different mass-transfer rates, the
concentration profiles of gas components follow different
trends in the grid and bubbling zones. As seen in Figure 11,
oxygen contents in the dilute phase of the grid zone decrease
faster than in the bubbling zone. In the grid zone, oxygen
concentrations in the emulsion phase are just a little lower
than the corresponding oxygen concentrations in the dilute
phase. However, in the bubbling zone, oxygen concentra-
tions in the emulsion phase are much lower than the corre-
sponding oxygen concentrations in the dilute phase and also
much lower than the emulsion-phase oxygen concentrations
in the grid zone. Table 4 lists the mass-transfer and reaction
constants in bubbling and grid zones. It can be seen that
mass-transfer constants in the grid zone are far greater than
the corresponding reaction constants in both regeneration
modes, showing that reaction kinetics is the controlling fac-
tor here. For the partial CO combustion mode, the reaction

Table 1. List of Simplification Assumptions

Field Assumptions Effects

Hydrodynamics 1. No solids in the bubble (void) phase 1. No coke burning in the bubble (void) phase
2. No net gas flow through emulsion phase 2. All gas enters and leaves the bed as bubbles (voids)
3. CSTR for solid flow pattern in both the

dense bed and freeboard
3. Uniform carbon content and temperature distribution

throughout these two regions
Reactions and kinetics 1. Instant combustion of hydrogen content The complex regeneration reactions are simplified

2. Fixed CO2/CO for a modeled FCC regenerator
Regenerator geometry 1. No transitional section between the dense

bed and freeboard
The computation of the axial solid concentration

profiles is simplified
2. The height of dense bed is always equal to

the bottom section height of smaller diameter

Table 2. Model Parameters

Parameter Equation References

lg lg ¼ 18:27 � 10
�6�

TNþ120
Tþ120

� T
TN

� �3=2

Chapman–Enskog
equation37

Cpg CPg ¼ 0:927þ 2 � 1:279 � 10�4

T � 1:28 � 10�8 2Tð Þ2
38

Cps Cps ¼ 1.097 kJ/(kg K)

33DHCO2
DHCO2

¼ 33,873 kJ/kg
DHCO DHCO ¼ 10,258 kJ/kg
DHH2O

DHH2O
¼ 119,890 kJ/kg
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constant is more than five times the mass-transfer constant in
the bubbling zone, showing that mass transfer is the control-
ling factor. However, for the full CO combustion mode, the
reaction constant is just a little larger than the mass-transfer
constant, indicating that both are important. This is largely
due to the very low carbon content.

As there is residual oxygen in the freeboard for both par-
tial and full CO combustion modes, as seen in Figures 9c
and 10c, the carbon content decreases slightly in the free-
board as shown in Figures 9d and 10d. The difference of
carbon content between the dense bed and the freeboard
depends on both the oxygen concentration in the freeboard

and the interchange solid flux between the dense bed and
freeboard, as can be seen in Eq. 46. The higher the oxygen
content in the freeboard, the more the carbon combusted in
the freeboard and the lower the carbon content in the free-
board. Otherwise, the higher the Fs, df, the higher the carbon
content in the freeboard.

Effect of the Solid Exchange Flux Between the Dense Bed
and Freeboard. As the only adjustable model parameter in
this model, the solid exchange flux between the dense bed
and freeboard, Fs,df, should be between the solid flux in the
cyclone diplegs and the initial solid ejection flux at the bed
surface estimated by

Table 3. Comparison between Model Predictions and Industrial Data

Items Partial Mode Full Mode

Flow rate of main air (m3/min) 2988 3186
Diameter of dense bed (m) 9.9 9.9
Diameter of freeboard (m) 13.1 13.1
Catalyst inventory (ton) 185 160
Superficial gas velocity in the dense bed (m/s) 0.85 0.93
Superficial gas velocity in the freeboard (m/s) 0.48 0.52

Items for Comparison Model Exp. Model Exp.

Bed height of dense bed (m) 7.91 8.05
Bed density (kg/m3) 278 276 221 220
Freeboard density (kg/m3) 10.9 12 14.9 14
Dense bed temperature (�C) 660 662 689 690
Freeboard temperature (�C) 669 670 696 699
Carbon content of the spent catalyst (wt %) 1.49 1.74
Carbon content of the regenerated catalyst (wt %) 0.18 0.15 0.038 0.05
CBI [kg/(h�ton (cat.))] 102.1 105.7 112.8 106.7
Components of flue gas (dry)(vol %) O2 0.89 0.8 3.31 3.1

CO 1.61 1.6 0.31 0.3
CO2 16.88 16.8 15.8 15.4

Figure 9. Predicted profiles of (a) voidage, (b) temperature, (c) gas composition, and (d) carbon content under par-
tial CO combustion mode.
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Fs;Hf
¼ 0:15qp u1 � umfð Þ 1 � emfð ÞAt1 (65)

which follows the same method to determine the initial solid
fraction at the bed surface in Eq. 19. In this model, the fitted
Fs,df is 24% of Fs,Hf

and about five times the solid flux in the
cyclone diplegs. With other parameters unchanged, the
increase of Fs,df increases the carbon content in the freeboard,
thus increasing the carbon combustion rate. However, the
predicted temperature difference between the dense bed and
freeboard decreases accordingly. The decrease of Fs,df

decreases the carbon content and carbon combustion rate in
the freeboard, but there is a higher temperature increase in the
freeboard because of more heat absorbed by the freeboard
particles.

End Effects. The predicted results by this model also
emphasize the importance of end effects, i.e., the effects of
the grid zone and freeboard, on the regenerator performance.
Table 5 compares the inventory fractions, fractions of carbon
combusted, and the CBIs in the grid zone, bubbling zone,
and freeboard. For the partial CO combustion mode, the
fraction of carbon combusted in the grid zone can reach
10.9%, and the CBI is more than 10 times that in the bub-

bling zone, although it takes only less than 1.0% of the

whole solid inventory. The effect of freeboard should not be

neglected either, because the freeboard has a considerable

solid inventory. Although the CBI in the freeboard is rela-

tively small because of the low oxygen concentration, the

freeboard is still predicted to combust 8% of the whole car-

bon. For the full CO combustion mode, the CBI in the grid

zone is also far greater than in the bubbling zone in spite of

the lower carbon content. Because of the higher superficial

gas velocity, more particles are entrained into the freeboard.

With the help of high oxygen content, the freeboard is

predicted to contribute more than 11.7% of the carbon

combustion.

Figure 10. Predicted profiles of (a) voidage, (b) temperature, (c) gas composition, and (d) carbon content under full
CO combustion mode.

Figure 11. Oxygen concentration profiles in the grid
and bubbling zones.

Table 4. Comparison of Reaction and Mass-Transfer
Constants

Partial Mode Full Mode

Grid
Zone

Bubbling
Zone

Grid
Zone

Bubbling
Zone

Mass-transfer
constant (s�1)

29.9 0.17 32.3 0.21

Reaction
constant (s�1)

0.97 0.97 0.30 0.30
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In summary, the end effects must be considered in model-
ing FCC regenerators. Moreover, more efforts are needed in
designing the distributors of FCC regenerators, especially
those under the partial CO combustion mode.

Effects of Air Flow Rate, Solid Inventory, and Pressure. With
this model, the effects of main operating parameters, such as
air flow rate, solid inventory, and operating pressure, on
regeneration performance can be investigated. This helps to
optimize the operation of FCC regenerators. Figure 12 shows
the change of carbon content in regenerated catalysts, CCr,
with air flow rate, solid inventory, and operating pressure
changing within a 	30% range.

The air flow rate has the most important effect on CCr, as
seen in Figures 12a1, b1. As the air flow increases, CCr is
predicted to decrease because of the increase of oxygen con-
centration, mass-transfer rate, and carbon combustion rate.
At a small air flow rate, an increase of air flow results in a
very pronounced reduction in CCr. However, at a high air
flow rate, only very small reduction of CCr can be achieved
by increasing the air flow rate. With decreasing CCr, the
global regeneration shifts gradually from mass-transfer-con-
trol to reaction-kinetics-control.

Solid inventory is predicted to have a smaller effect on
CCr, as seen in Figures 12a2, b2. Solid inventory determines

Table 5. Effect of Grid, Bubbling, and Freeboard Zones on Regeneration Performance

Zone Grid Bubbling Freeboard

Partial mode Inventory fraction (%) 0.96 89.38 9.66
Fraction of carbon combusted (%) 10.87 81.3 7.83

CBI [kg/(h ton (cat.))] 1097 84.8 78.5
Full mode Inventory fraction (%) 0.93 83.9 15.16

Fraction of carbon combusted (%) 3.66 84.66 11.67
CBI [kg/(h ton (cat.))] 427 97.1 83.2

Figure 12. Effects of air flow rate (a1, b1), solid inventory (a2, b2), and operating pressure (a3, b3) on carbon con-
tent in the regenerated catalysts under partial and full combustion modes.
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the average residence time of solid or the average reaction
time. As solid inventory increases, CCr decreases steadily.
Increase in solid inventory contributes to a larger reduction
in CCr for the partial CO combustion mode than for the full
CO combustion mode. On the other hand, it is shown that it
is better to increase catalyst inventory than air flow rate to
achieve a lower CCr for the full CO combustion mode, as
reaction kinetics plays a more important role than under the
partial CO combustion mode.

Increasing pressure can increase oxygen partial pressure
and thus increase the carbon combustion rate. However, su-
perficial gas velocity is reduced, as is the predicted reduced
interphase mass-transfer rate. As shown in Figures 12a3, b3,
the effects of pressure on CCr are different for the partial and
full CO combustion modes. Under partial CO combustion
mode, CCr is predicted to increase with increasing pressure,
showing that interphase mass transfer plays a more important
role. Under full CO combustion mode, there is little effect of
pressure on CCr. However, it seems from Figures 12b3 that
oxygen pressure may dominate when Pt1/Pt \ 1.1, and inter-
phase mass transfer may dominate when Pt1/Pt = 1.1.

The above sensitivity analysis serves not only as model
validation tools. The results can also help and guide FCC
operators to optimize the operations of FCC regenerators.
For example, if they want to reduce the CCr while the regen-
erator is operated in partial CO combustion mode, the most
effective measure is to increase the main air rate. However,
the effect diminishes as main air rate increases. There exists
a critical value beyond which increasing main air rate
becomes poorly effective. In this study, the critical main air
rate is near 1.1 times of its original air rate. Here, increasing
solid inventory, i.e., prolonging the solid residence time, is
more effective. If the regenerator is operated in full CO
combustion mode, further increase of main air rate is almost
useless. Increasing solid inventory seems to be a better
choice. Comparatively, the effect of adjusting operating pres-
sure is least effective.

Conclusions

A practical countercurrent FCC regenerator model was
proposed with improved descriptions of gas and solid flow
patterns. A three-zone and two-phase gas model was utilized
to describe the gas flow through the regenerator, addressing
the different phase mass-transfer properties in the different
zones. A new two-CSTR-with-interchange model was used
to describe the solid flow and to address the effect of free-
board on catalyst regeneration. Otherwise, this model also
considered the expanding section usually used in a FCC re-
generator to reduce solid carryover. The model was pro-
grammed in Matlab language with coupled mass and heat
balances and coupled hydrodynamics and reaction kinetics.
After validating and analysis of the effects of main influenc-
ing factors, the following conclusion can be drawn:

(1) After tested and validated based on the data from an
industrial FCC regenerator operated under both partial and
full CO combustion modes, the modeled results could be in
reasonable agreement with the commercial data for both
modes.

(2) There is only one fitting parameter, i.e., the inter-
change solid flux between the dense bed and freeboard,
Fs,Hf

. In this study, the fitted Fs,Hf
in partial CO combustion

mode can also be applicable in full CO combustion mode,
showing the robustness of this model.

(3) In both partial and full CO combustion modes, reac-
tion kinetics is the controlling factor for coke burning in the
grid zone because of the very high interphase mass-transfer
rate there. In the bubbling zone, mass transfer is the control-
ling factor for partial CO combustion mode, but both mass
transfer and reaction kinetics can be comparatively important
for full CO combustion mode because of the low carbon
content in catalyst.

(4) Grid zone and freeboard are both predicted to have
significant effects on catalyst regeneration because of their
high interphase mass-transfer rate and large solid volume
fraction, respectively, further demonstrating that they must
be considered in FCC regenerator modeling.

(5) In partial CO combustion mode, the most effective
measure to reduce the CCr is to increase the main air rate.
However, the effect diminishes as main air rate increases.
There exists a critical value beyond which increasing main
air rate becomes poorly effective. To reduce the CCr in full
CO combustion mode, increasing main air rate is almost use-
less and increasing solid inventory is a better choice.
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Notation

Aj ¼ cross-sectional area of jet, m2

At1, At2 ¼ cross-sectional area of dense bed and freeboard, m2

Ar ¼ Archimedes number, d3
pqg qs � qg

� �
g
.
l2

g, dimensionless
BCd ¼ constant of heat flux in dense bed, kJ/(K s)
BCf ¼ constant of heat flux in freeboard, kJ/(K s)

CAb, CAe ¼ concentrations of gas component A in bubble and
emulsion phase, vol %

CBI ¼ coke burning intensity, kg/(ton�h)
CC ¼ carbon content, wt %

CCd, CCf ¼ carbon contents in the dense bed and freeboard, wt %
CCd0, CCf0 ¼ initial values of carbon contents in the dense bed and

freeboard, wt %
CCd1, CCf1 ¼ computed values of carbon contents in the dense bed

and freeboard from initial values, wt %
CCr ¼ carbon content in the regenerated catalyst, wt %
CCs ¼ carbon content in the spent catalyst, wt %
CHs ¼ hydrogen content in the spent catalyst, wt %
Cpg ¼ specific heat of gas, kJ/(K�kg)
Cps ¼ specific heat of solid, kJ/(K�kg)

CBI ¼ coke burning intensity, kg/(h�ton)
dor ¼ orifice diameter, m
dp ¼ particle mean diameter, m
dt ¼ column diameter, m

dt1, dt2 ¼ column diameters of the dense bed and freeboard, m
Da,s ¼ solid axial dispersion coefficient, m2/s
Dj ¼ jet diameter, m
EC ¼ activation energy for carbon combustion, kJ/kmol
fs ¼ solid fraction, dimensionless
f0s ¼ initial solid fraction of freeboard, dimensionless
fs* ¼ saturated solid fraction of freeboard, dimensionless
fsb ¼ solid fraction in bubble phase, dimensionless
fse ¼ solid fraction in emulsion phase, dimensionless
Fs0 ¼ catalyst circulation rate between reactor and regenerator,

kg/s
Fs,df ¼ catalyst circulation rate between dense bed and

freeboard, kg/s
Fs,Hf

¼ initial solid ejection flux at bed surface, kg/s
g ¼ gravitational acceleration, m/s
G ¼ parameter, dimensionless
h ¼ height, m
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Hf ¼ expanded bed height, m
HL ¼ height of freeboard, m
Ht ¼ total height of column, Ht ¼ Hf þ HL, m
kbe ¼ interphase mass-transfer coefficient, m/s
kC ¼ carbon combustion rate coefficient, 1/(Pa s)
kC0 ¼ pre-exponent for kC

kj ¼ interphase mass-transfer coefficient, kg/m2 s
kr ¼ reaction constant in Eqs. 2 and 3, s�1

Kbe ¼ interphase mass-transfer coefficient, s�1

Kdb ¼ mass-transfer constant in bubbling zone of dense bed,
s�1

Kdj ¼ mass-transfer constant in the grid zone of dense bed,
s�1

Kdr ¼ reaction constant in dense bed, s�1

Kfr ¼ reaction constant in freeboard, s�1

Lj ¼ jet length or grid zone height, m
Ly ¼ Lysenko number, Ly ¼ u3

0q
2
g

.
qp � qg

� �
lgg,

dimensionless
Md ¼ solid inventory in dense bed, kg
Mf ¼ solid inventory in freeboard, kg
Ms ¼ total solid inventory in the regenerator, kg
Ms‘ ¼ changed total solid inventory in the regenerator, kg
MA ¼ molar mass of air, kg/mol
n ¼ power index of Eq. 12, dimensionless
N ¼ number of CSTRs for tank-in-series model,

dimensionless
Nj ¼ gas molar flow rate per orifice, kmol/s
Ndt ¼ total gas molar flow rate in dense bed, kmol/s
Nft ¼ total gas molar flow rate in freeboard, kmol/s

Pd, Pf ¼ pressure in the dense bed and freeboard, Pa
PN, ¼ pressure at normal condition, 1.013 � 105 Pa
PO2 ¼ partial pressure of oxygen, Pa
Pt ¼ pressure in the top of a FCC regenerator, Pa
Pt1 ¼ changed pressure in the top of a FCC regenerator, Pa
Pes ¼ solid Peclet Number, Pes ¼ usHf

Da;s
, dimensionless

Qair ¼ volume flow rate of main air, m3/s
Qair,1 ¼ changed volume flow rate of main air, m3/s
QCd ¼ heat flux constant in dense bed, kJ/s
QCf ¼ heat flux constant in freeboard, kJ/s
Qdc ¼ heat release flux due to catalyst coolers in dense bed,

kJ/s
Qdd ¼ heat flux of coke desorption in dense bed, kJ/s
Qd1 ¼ heat releasing flux due to outside shell of dense bed, kJ/s
Qdr1 ¼ heat released due to combustion of carbon in dense bed,

kJ/s
Qdr2 ¼ heat released due to combustion of hydrogen in dense

bed, kJ/s
Qfd ¼ coke desorption heat flux in freeboard, kJ/s
Qf1 ¼ heat releasing flux due to outside shell of freeboard, kJ/

s
Qfr1 ¼ heat released due to combustion of carbon in freeboard,

kJ/s
Qfr2 ¼ heat released due to combustion of hydrogen in

freeboard, kJ/s
rCd, rCd ¼ carbon loss rates due to combustion in the dense bed

and freeboard, kg/s
R ¼ gas law constant (8.306), kJ/(kmol�K)
T ¼ temperature, K

TN ¼ temperature at normal condition, 273.15 K
T0 ¼ temperature of main air, K

Td, Tf ¼ temperatures in the dense bed and freeboard, K
Td0, Tf0 ¼ initial values of temperatures in the dense bed and

freeboard, K
Td1, Tf1 ¼ computed values of temperatures in the dense bed and

freeboard for initial values, K
TN ¼ temperature at standard condition, 273.16 K
Ts ¼ temperature of spent catalysts, K
u0 ¼ superficial gas velocity, m/s

u1, u2 ¼ gas velocities in the dense bed and freeboard of a FCC
regenerator, m/s

u1e, u2e ¼ measured gas velocities in the dense bed and freeboard
of a FCC regenerator, m/s

ub ¼ bubble rise velocity, m/s
umf ¼ minimum fluidization velocity, m/s
uor ¼ gas ejection velocity from distributor orifices, m/s

uH2O
¼ addition gas flow rate increase due to combustion of

hydrogen in coke, m/s

us ¼ superficial solid velocity, m/s
Vmd ¼ molar volume in dense bed, m3/kmol
Vmf ¼ molar volume in freeboard, m3/kmol

yCO2
, yCO,

yH2O
, yO2

¼ mole fractions of CO2, CO, H2O, and O2, dimensionless

yb,O2
, ye,O2

¼ mole fractions of O2 in the bubble (jet) and emulsion
phases of the dense bed, dimensionless

yf,CO2
, yf,CO,

yf,H2O
, yf,O2

¼ mole fractions of CO2, CO, H2O, and O2 in flue gas,
dimensionless

z ¼ height, m
zf ¼ distance above dense bed surface, m

Greek letters

a ¼ coefficient of Eq. 17, m�1

ab ¼ interphase area per volume of bubble, m2/m3

aji ¼ interphase area per volume of jet, m2/m3

b ¼ CO2/CO, dimensionless
db ¼ bubble volume fraction, dimensionless

DHCO ¼ heat released per kilogram of carbon combusted into
CO, kJ/kg

DHCO2
¼ heat released per kilogram of carbon combusted into

CO2, kJ/kg
DHH2O

¼ heat released per kg of hydrogen combusted into H2O,
kJ/kg

e ¼ voidage, dimensionless
eB ¼ average bed voidage, dimensionless
emf ¼ voidage at minimum fluidization velocity, dimensionless
lg ¼ gas viscosity, Pa s
eg,j ¼ gas viscosity in jets, Pa s
p ¼ circumference ratio (3.14), dimensionless
qB ¼ apparent bed density, kg/m3

qB,exp ¼ measured bed density, kg/m3

qf ¼ particle concentration in the freeboard, kg/m3

qg ¼ gas density, kg/m3

qg,j ¼ gas density in jets, kg/m3

qin ¼ measured solid concentration in the cyclone inlet, kg/m3

qp ¼ particle density, kg/m3

Subscripts

b ¼ bubble phase
B ¼ bed
d ¼ dense bed
e ¼ emulsion phase
f ¼ freeboard

ex ¼ exit
exp ¼ experiment

f ¼ freeboard
g ¼ gas

in ¼ inlet
j ¼ jet

mf ¼ minimum fluidization
or ¼ orifice
p ¼ particle
s ¼ solid
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